Chemical Engineering Journal 329 (2017) 165-177

Chemical Engineering Journal

Contents lists available at ScienceDirect

Chemical
Engineering
Journal

journal homepage: www.elsevier.com/locate/cej

Heat removal and catalyst deactivation in a Sabatier reactor for chemical @ CroseMark
fixation of CO,: Simulation-based analysis

Duo Sun, Faisal Mohamed Khan, David S.A. Simakov *

Department of Chemical Engineering, University of Waterloo, Waterloo, ON N2L 3G1, Canada

HIGHLIGHTS

GRAPHICAL ABSTRACT

« Sabatier reactor for CO, conversion is
modelled considering catalyst
deactivation.

« The reactor is a molten salt-cooled
heat-exchanger type packed bed.

« Biogas fed reactor is analyzed
numerically over the range of
operating parameters.

« Feed and cooling rates are crucial
parameters affecting the reactor
performance.

« The model predicts CH,4 yields of 80—
90% over the 10,000 time-on-stream.
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Thermo-catalytic hydrogenation of CO, into synthetic CH4 via Sabatier reaction is an attractive route to
reduce fossil fuels consumption and to limit greenhouse gas emissions, while potentially providing rev-
enue. Hydrogen required for the reaction can be generated by water electrolysis using renewable or low
carbon footprint electricity. With respect to CO, methanation, a number of technological challenges have
to be resolved in order to make this technology economically viable. The highly exothermic nature of the
Sabatier reaction makes heat removal a challenging task. Another major problem is catalyst deactivation
by coking caused by CH,4 cracking at elevated temperatures. Maximizing CH4 production over extended
periods of operation will require highly efficient heat removal to facilitate CH4 production, while mini-
mizing catalyst deactivation. In this study, a heat-exchanger type, molten salt-cooled packed bed reactor
is analyzed using a transient mathematical model. The model considers inter-compartment heat
exchange and catalyst deactivation by coking, assuming the use of a Ni/Al,05 catalyst. The reactor per-
formance was investigated in terms of CO, conversion and CH, yield for the case of the feed containing
CO, and H,, and for the case of the reactor fed with biogas (40% CO, and 60% CH,4) and H,. The model
predicts that, though the catalyst deactivation leads to a substantial decline in the reactor performance,
CH, yields and CO, conversions over 80% are achievable after 10,000 h of operation.

© 2017 Elsevier B.V. All rights reserved.

1. Introduction

The increasing levels of global CO, emissions have prompted
research in utilizing CO, as a feedstock for generating synthetic
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fuels and chemicals [1]. The current usage of CO, as a feedstock
in industries is limited to processes such as synthesis of urea, sal-
icylic acid and polycarbonates [1]. Conversion of CO, into synthetic
CH,4 via methanation, also called the Sabatier reaction, has recently
gained increasing interest as a process being more advantageous
thermodynamically as compared to other reactions which form
higher hydrocarbons or alcohols [2].
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Nomenclature

a activity factor

Ac HE cooling tube surface-to-volume ratio, m~!

ar HE cooling tube surface-to-packed volume ratio, m~!

Ay Hi reactor surface-to-volume ratio, m~!

Ac total cross-sectional area of cooling tubes, m?

A; pre-exponential factor of the rate coefficient of reaction
J» units of k;

B; pre-exponential factor of the adsorption coefficient of
species i, units of K;

(@ molar concentration of species i, mol/m>

C total molar concentration, mol/m?

(o coolant heat capacity, kJ/(kg K)

Cpg gas heat capacity, kJ/(mol K)
wall thickness, m

d, catalytic pellet diameter, m

D diameter, m

Dge effective axial diffusion coefficient, m?/s

D gas molecular diffusivity, m?/s

E; activation energy of reaction j, kj/mol

G gravimetric (mass) flow rate, kg/s

hne natural heat convection coefficient, kJ/(m? s K)

hy effective wall heat transfer coefficient, kJ/(m? s K)

AH; adsorption enthalpy change of species i, k]/mol

ke effective axial thermal conductivity, k]/(m s K)

k; rate constant of reaction j

K; adsorption constant of species i, bar™!

Kjeq equilibrium constant of reaction j
reactor length, m

Nu Nusselt number

Di partial pressure of gaseous species i, bar

P reactor pressure, bar

Pr Prandtl number

Py total feed gas pressure, bar

Re Reynolds number

R; rate of reaction j, mol/(kg s)

R gas constant, kJ/(mol K)

sV gas hourly space velocity, h™!

t time, s

T reactor temperature, K

T. coolant temperature, K

Te environment temperature, K

Uy effective wall heat transfer coefficient, kj/(m? s K)
v fluid velocity, m/s

1% compartment volume, m>

z reactor length coordinate, m

Greek letters

€ catalyst bed porosity
¢ Thiele modulus
it effectiveness factor of reaction j
) thermal conductivity, kW/(m K)
u viscosity, kg/(m s)
Pc coolant density, kg/m>
Pg gas molar density, mol/m3
05 solid density, kg/m>
Tp catalyst bed tortuosity
Subscripts
c coolant
eff effective
eq equilibrium
f feed
g gas
HE heat exchange
HL heat loss
int initial
nc natural convection
p packed bed
S solid
reactor

The exothermic Sabatier reaction, Eq. (3), is accompanied by the
mildly endothermic reverse water gas shift, Eq. (2), and the
strongly exothermic CO methanation, Eq. (1).

CO + 3H, < CH4 + H,0
AHsgs = —206.1 kJ/mol (1)

CO, +H; < CO+H,0
AH3gg = +41.2 kJ/mol (2)

CO, + 4H, < CH, + 2H,0
AH3e5 = —164.9 k]/mol (3)

The overall process is highly exothermic which requires effi-
cient heat removal, in order to facilitate CH, production. In addi-
tion to this thermodynamic constrain, reactor overheating can
also lead to fast catalyst deactivation by sintering and coking.

Methanation of CO, over catalysts based on various group VIII
metals (e.g., Rh, Ru, Co) supported on TiO,, SiO,, Al,03, CeO,, and
ZrO, has been studied as a possible method to produce synthetic
natural gas [3-7]. However, Ni-based catalysts have typically been
used in commercial processes due to the low costs, high activity
and good selectivity to CH4 formation [1,8]. Despite the abovemen-
tioned advantages, the implementation of Ni-based catalysts for
CO, methanation is limited because of high tendency to deactiva-
tion by poisoning, coking and sintering [9]. Poisoning of Ni cata-
lysts typically occurs due to the presence of sulphur compounds

in the feed gas stream. [9,10]. Sintering also plays an important
role in the deactivation of Ni-based catalysts. Studies have indi-
cated that Ni sintering proceeds by chemical sintering, via the for-
mation of Ni(CO)4 [11].

While operating at relatively low temperatures typically
employed in CO, methanation (700-800 K) and in the absence of
sulphur (can be removed from feed gas by adsorbents), catalytic
activity of Ni is mainly reduced by coking. Carbon deposition deac-
tivates the catalyst by fouling the catalyst surface, blocking catalyst
pores and disintegrating the catalyst support [9]. The three major
forms of carbon deposited on Ni catalysts are encapsulating hydro-
carbons films formed by polymerization at temperatures below
750 K, whiskerlike carbon formed at temperatures higher than
725K, and pyrolytic carbon formed by cracking of hydrocarbons
above 875 K [9]. The most thermodynamically probable reactions
involved in carbon deposition in the methanation process are
CH,4 cracking, Eq. (4), Boudouard reaction, Eq. (5), and CO reduction
(reverse gasification), Eq. (6) [12]:

CH4 «~ C+ 2H,

AHsg, — +74.8 K /mol (@)
2C0O « C+CO,

AHsg, — —173.3 KJ/mol (5)

CO +H,; <« C+H,0
AH3¢5 = —131.3 kJ/mol (6)
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Deactivation of Ni-based catalyst by coking has been studied by
various researchers and our understanding of the carbon formation
mechanisms is relatively complete. Claridge et al. investigated the
effect of temperature on the rate of carbon deposition by the Bou-
douard reaction and CH,4 cracking reaction. Their results indicated
that carbon deposition by CH4 cracking dominates at relatively
high temperatures, while carbon formation via Boudouard reaction
mainly occurs at lower temperatures, with both process contribut-
ing equally to carbon formation at 890 K [13].

Other studies investigated the effect of various feed conditions on
the Boudouard reaction showing that low CO partial pressures, high
H,/CO ratios, and high partial pressures of CO, reduce the carbon for-
mation rate via the CO disproportionation. These findings indicate
that the major cause of coking in the CO, methanation process is
CH4 cracking [14,15]. Analysis of the reaction mechanisms involved
in carbon deposition via CH4 cracking indicated that the rate-
limiting step is the dissociative adsorption of CH4 on the catalyst
with H, adsorption acting in competition. The rate of the reaction
was found to be a function of temperature and partial pressure of
H, and CHy. It is worth mentioning that CH,4 cracking on Ni surfaces
can be used to generate carbon nanotubes and H, [16], with the cok-
ing threshold directly related to the size of Ni nanocrystallites [17].

The goal of the present study was to analyze the effect of the Ni-
based catalyst deactivation via CH4 cracking on reactor perfor-
mance under various operating conditions including space veloc-
ity, pressure, and cooling rate. A heat-exchanger type, multiple-
tube Sabatier reactor internally cooled by the molten salt was sug-
gested as an effective design solution for heat removal. A transient
pseudo-homogeneous mathematical model [18,19] was used to
simulate the reactor performance. To simulate catalyst deactiva-
tion via CH4 cracking, first order deactivation rate was assumed
[20]. The reactor performance was analyzed over extended operat-
ing periods, up to 10,000 h time on stream, in terms of CO, conver-
sion, selectivity to CH4 formation, and CH, yield. Our study provide
new insights into the operation of the molten salt-cooled Sabatier
reactor subject to catalyst deactivation by coking. Importantly, our
mathematical model accounts for temperature variations of the
heat transfer fluid, as well as for the catalyst deactivation. The
results of numerical simulations predict that, with the optimized
heat removal, it is possible to operate the reactor over extended
periods of time and with reasonably high CH, yields, even using
the Ni-based catalyst that is susceptible to deactivation by coking.

2. Model formulation

Various reactor configurations were suggested for CO, metha-
nation, including fluidized beds, slurry reactors, honeycombs,

microchannel reactors, and fixed beds [21]. The Sabatier reactor
design suggested in the current study is shown in Fig. 1. The reac-
tor is a heat-exchanger type packed bed internally cooled by mol-
ten salt flowing in multiple cooling tubes. To minimize
uncontrollable heat losses to the environment, the reactor is insu-
lated by a layer of quartz wool. Both the external and internal
tubes are made of stainless steel.

The dimensions used in numerical simulations are listed in
Table 1. Since we used a 1D mathematical model in our study,
we selected reactor dimensions in such a way that the radial heat
transfer dimension is minimized. Due to the small diameter of the
cooling tubes (D. =20 mm) and high thermal conductivity of the
molten salt, significant radial gradients are not expected to develop
within the molten salt [22]. In order to minimize the heat transfer
distance in the packed bed, the number of cooling tubes was set to
N = 13. For this number of tubes and for the dimensions described
in Table 1 with evenly distributed tubes, the distance between any
two adjusted cooling tubes will be 19 + 1 mm. Thermal conductiv-
ity of the packed bed should prevent large radial gradients over
that relatively small distance [23]. In general, 1D models of packed
beds are believed to be capable of describing at least the qualitative
trends [24].

A transient, one-dimensional, pseudo-homogeneous mathe-
matical model [18,19] was used to simulate the reactor. The model
accounts for axial mass and heat dispersion and for the tempera-
ture dependence of thermo-physical properties. Component mass
balance and energy balance for the packed bed compartment are
given by Eq. (7) and Eq. (8), respectively. The model accounts for
temperature variations of the heat transfer fluid, as opposed to
assuming constant coolant temperature [24,25]. The temperature
distribution in a single molten salt tube is described by Eq. (9).
Note that the energy balance for the packed bed includes the heat
loss term (T, =298 K is the temperature of the environment) in
addition to the heat exchange term.

%C; aC;

aC;
: a2 ~tleg, tall- S)Pszj:’?jRij (7)

&t = Dae

(PCo)egr & = kae ?)ZTZT — &p,CpgVg 5L+
+a(l - e)p,y (~AHj)nR; ()

j
—Uwne@rpe(T — Te) — Up pr @ (T — Te)

oT, T, aT,
pccpca_tC = j-COTZC - pccpc yc_C - UW.HEac,HE(Tc - T) (9)
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Fig. 1. Schematic of the molten salt-cooled, heat-exchanger type packed bed Sabatier reactor.
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Table 1

Reactor dimensions.
D, (m) D, (m) dy, (m) diw (m) d, (m) N (m) L (m) Vv, (m?) V. (m?)
0.2 0.02 0.002 0.05 13 1 0.0255 0.0041

D and L denote diameter and length of the packed bed (D;) and coolant (D.) compartments; d,, denote thickness of the reactor wall and cooling tube; d; is insulation layer
thickness; V denote volume of the packed bed (V) and coolant compartment (V.); N is the number of the molten salt coolant tubes; d,, is the (spherical) catalytic pellet size.

z=0 &vy(Ciy—C;)=-Dee%i z=L %i=0
&Py VgCog(Tr = T) = —Kae z=0 (10)
pvCe(Tey —Te) = — A Ok T =0

t=0 Ci(0.2) = Ciine
T(0,2) = Tint (11)

Tc (0> Z) = Tc.int

Pressure drop was accounted for using Ergun equation, Eq. (12).
Velocity correction was calculated using Eq. (13). Effective heat
capacity in Eq. (8) is defined by Eq. (14).

dP (1-¢)p, (1-2)p, ,

E:—wowyg—]%wyg (12)
C

Vg = vgfc—jf (13)

(PCp) oy = PgCog + (1= €)p,Cps (14)

2.1. Catalytic kinetics

Reaction rates are calculated using the commonly adopted
kinetics for methane steam reforming over the Ni/Al,05 catalyst
[26,27], Egs. (15a)(15c). These kinetic expressions account for the
reversibility of the reforming and water gas shift reactions and
can be used without modification for modeling of the CO, metha-
nation reaction system, Eqs. (1)-(3). All parameters are tabulated
in the literature, e.g., see Tables 3 and 4 in Rodriguez et al.
(2012) [28] that include parameters for the rate constants, adsorp-
tion constants, as well as the temperature dependence of the equi-
librium constants.

kK P13~12Pco 1
R = 1?25 <PCH4szo - Kieg | den? (15a)
ko ( Pu,Pco ) 1
R, = = L ol [ 15b
2 Dr, DPcoPh,0 Kaeq ) den? (15b)
ks 2 D, Pco, 1
R; = Iﬁf (pCH4szo - Kseq ) den? (15¢)

K
den = 1+ Kcopeo + Ky Py, + Keny ey, + 2H.0PH0

Hy

ki = Ajexp (;—E%) K; = Biexp <_RAIT-Ii>
g g

Estimation the intraparticle and interphase transport limita-
tions [18] has shown that intraparticle temperature gradients
and interphase transport limitations can be neglected for the size
of catalytic pellets used in our simulations (d, =3 mm, Table 1),
in the entire range of parameters studied. However, it has been
found that the internal (intraparticle) diffusion resistance cannot
be neglected. This limitation was accounted for using the effective-
ness factor defined below (the dimensionless Thiele Modulus, ¢;
for the reaction j, is defined with the modified reaction rate con-
stants; the original rate constants (k;) are given by Eq. (15)):

ldy
=3 (s~ %) =i 6

]Ac _ kips(1-¢) _ kaps(1-e)Py i{ _ ksps(1-¢)

1= 2 3= " o .
N Pgt NETX

2.2. Catalyst deactivation kinetics

A general form of the catalyst activity factor multiplying reac-
tion terms in Eqgs. (7), (8) is written as follows:

A (17)

Assuming 1st order deactivation (d = 1), the following expres-
sion for the catalyst activity factor is derived by integration:

a = exp(—ryt) (18)

As it was mentioned in the Introduction, for temperatures
above 700 K low CO partial pressures, the deactivation of Ni-
based catalysts is predominantly caused by the accumulation of
the filamentous carbon formed via CH4 cracking, Eq. (4). The Bou-
douard reaction and the CO reduction (reverse gasification), Eqs.
(5), (6), require CO as a source of carbon. However, in all our sim-
ulations the amount of CO produced was less than 1 mol% (mole
fraction less than 0.01). On the other hand, CH4 concentrations
obtained in our simulations were relatively high, as well as H, con-
centrations (see Figs. 2, 4, and 6), thus the carbon gasification by H;
is expected to be significant.

The reactions of carbon gasification by H,O and CO,, reverse
reactions in Eqgs. (5), (6), can potentially occur during methanation
because CO, is a reactant and H,0 is a product. However, these
reactions are highly endothermic, as compared to the mildly
exothermic carbon gasification by H,. Both steam and CO, gasifica-
tion are thermodynamically favorable at temperatures above
950 K, when the corresponding equilibrium constant is signifi-
cantly higher than 1 [29]. On the other hand, hydrogasification
(reverse reaction in Eq. (4)) is thermodynamically favorable below
that temperature [29]. Since in our simulations maximum temper-
atures did not exceed 750K, the H,-induced gasification is
expected to be the predominant process for carbon removal.

Consequently, the catalyst deactivation in the present study
was assumed to be solely induced by CH,4 cracking, while consider-
ing the reverse reaction of gasification by H,. The following power
law rate expression was adopted from the literature [30]:

DPcH,

H,

rq = ky

—F
kq = kao exp (R_;) (19)
g

The activation energy (E;=178 kJ/mol), and pre-exponential
factor (kgo=2.35 x 108 min~!) were extracted from the experi-
mental data available in the literature (Fig. 5 in Borghei et al.
(2010) [20]). Note that these parameters are not expected to reflect
exactly the rate of carbon formation under the conditions used in
our simulations, as these parameters were estimated for methane
cracking (in the presence of H,), not for CO, methanation. How-
ever, as kinetic data on catalyst deactivation during the CO, metha-
nation reaction is scarce, we selected these parameters for our
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Fig. 2. Spatial profiles of mole fractions (upper panels) and temperatures (lower panel) for TOS = 10 h (a) and TOS = 10,000 h (b). Tpg and Tys denote temperatures in the
packed bed (PB) and molten salt (MS) compartments. Parameters: Ty= 650 K, GHSV = 1000 h™", Pr=5 bar, G, = 0.4G,.

model. From the catalyst deactivation viewpoint, our study is
intended for the investigation of main trends rather than exact pre-
diction of the reactor behaviour. Still, since these are experimen-
tally estimated kinetic parameters, the model is expected to have
certain predictive ability.

2.3. Transport parameters

The effective axial mass dispersion coefficient is calculated
using the following correlation [31]:

Dge = 8(2—: +0.5d, vg) Tp = 83—5 (20)

The expression for the effective axial heat dispersion coefficient
(kae), Eq. (21), was derived from the heat conductivity correlations
developed for catalytic fixed beds [19,32,33]. Values of k,. were
calculated using original correlations [32,33] in the relevant range
of parameters, plotted versus particle Reynolds number (Re;), and
fitted using least squares analysis, resulting in the following
correlation:

_ UgPyly

ke = /(8 +0.05Re,”) Re, I
4

(21)

Wall heat transfer coefficients are determined by resistances in
series, accounting for contributions of the fixed bed, molten salt,
tube walls, and insulation layer, Fig. 1:

1 dn 1)\7'
Uw.HE = (7hwr + E + TWC) (223)
(1 dy dw, T\
Ui = (hw, K K rT) (220)

The wall heat exchange coefficient between the catalytic bed
and the coolant tube, U,, yg, accounts for resistances of the fixed
bed, the coolant tube wall, and the molten salt, Eq. (22a). Similarly,
the correlation for the wall heat loss coefficient, U,, u;, accounts for
resistances through the catalytic bed, the reactor wall, and the
quartz wool insulation layer [34], accounting also for heat losses
from the reactor external surface via natural convection (hpc)
[35]. Since the insulation layer resistance and natural convection
are dominant in Eq. (22b), the wall heat loss coefficient was nearly
constant in all simulations: Uy, y =~ 0.01 W/(m? K).

The effective wall heat transfer coefficient for the reaction com-
partment (h,,) is estimated using the following correlation
obtained in the similar way as Eq. (21), using a complete set of
the original correlations [19,32,33]:

vgp,d
h”; % _ 241034 Re7Re,— s (23)

Nu, =
’ ‘g :ug

The effective wall heat transfer coefficient for the coolant tube
(hwc) is estimated using the following, adopted from the literature,
correlations [36-38]:

0.065RePr. (D, /L)

Re. < 2030 Nu, = 3.66 + . (24a)
1 + 0.04[Re Pr(D./L)*/
2030 < Re; < 4000 Nuiy,c
= 0.012(Re>®” — 280)Pr%*[1 + (D./L)*"’] (24b)
Re. > 4000 Nuc = 0.027Re®Pr}
24c
Nuty, — hweDe Re, — v.p D, Pr, — Cpelte (24c)
Ac U e
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Fig. 3. Temporal evolution of the reactor performance (a) and spatiotemporal profiles of the packed bed temperature (b), Sabatier reaction rate (c), and catalyst activity (d).
Xco,+ Scry» and Yeu, denote conversion, selectivity, and yield, Eqs. (25)-(27); Rs, Eq. (15¢) is shown as normalized reaction rate. Parameters: Tr= 650 K, GHSV = 25,000 h 1

Pr=5bar, G = 04Go.

2.4. Numerical procedure

The model was solved using the MATLAB PDE solver with a
second-order accurate spatial discretization (finite elements)
based on a fixed set of user-specified nodes (100 nodes were used)
and time integration done by the stiff ODE solver (ode 15s). Depen-
dences of thermophysical properties (density, viscosity, heat
capacity, diffusivity, and thermal conductivity) on temperature,
pressure and composition were accounted for using polynomial
regressions fitted to the data on thermophysical properties from
the literature [39-41]. Molten salt properties were adopted from
the data on commercially available molten salts (Dynalene, Inc.
[42], Dynalene MS-2).

3. Results and discussion

The effect of catalyst deactivation and heat removal on the reac-
tor performance is first analyzed for the case of the reactor fed with
pure CO, and H,. In practical applications this approach will
require CO, separation from the carbon-rich stream such as landfill
gas, biogas or flue gas. Another approach is to feed a mixed feed-
stock such as raw biogas, only pre-treated to remove H,S to pre-
vent catalyst poisoning by sulphur. In the analysis of the reactor
fed with raw biogas (after sulphur removal) it is assumed that bio-
gas contains 60% CH,4 and 40% CO,. This case, which is more com-
plicated than the case of pure CO, feed, is studied in more detail,
specifically investigating the effects of space velocity, pressure,
and heat removal rate on the reactor performance in terms of
CH,4 yield.

The presence of CH, in the feed is expected to induce catalyst
deactivation by coking, Eq. (19). On the other hand, the reaction
system will be less exothermic as CH,4 can react with H,0O produced

via methanation reactions via endothermic steam reforming reac-
tions, Eq. (1), (3), making heat removal more efficient and decreas-
ing the packed bed temperature. Lower reactor temperatures will
result in lower rate of the catalyst deactivation, Eq. (19). Dry CHy
reforming is not considered as it is not expected to occur to a sig-
nificant extent at relatively low temperatures considered in this
study, below 800 K [43].

For the case of the reactor fed with the mixture of CO, and H,,
the reactor performance is evaluated in terms of CO, conversion
(Xco, ), selectivity to CHy4 (Scu, ), and CHy yield (Ycy,) which can be
calculated based on molar fractions:

Yeu, t¥co
X, =——2 —— 25
02 Yer, Yo +Yco, (23)
Yen,
Sey ——2CHs 26
cHa Yer, +¥co (26)
Yan, Yy (27)

B Yer, +¥co +Yco,

For the case of the reactor fed with biogas, since the inlet mix-
ture already contains CH,4 it is more convenient to evaluate the
reactor performance solely in terms of CHy produced from CO,.
The following equation (based on molar rates) was used to calcu-
late the yield of CH, for the case of the biogas-fed reactor:

_ FCH4,out - FCH4,in

You, = (27a)

FCOZ,in

In all simulations, the initial temperatures (Eq. (11), Tint, Tc,int)
were set to 550 K. The molten salt feed temperature was set to
its minimum operating temperature of 415 K [42]. The feed molar
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stoichiometric ratio of H,/CO, =4 was kept in all simulations,
including biogas feed for which the feed composition in terms of
gas molar fractions was 8/13 H, 2/13 CO,, and 3/13 CH,. All oper-
ating parameters are listed in Table 2.

Variable operating parameters include the gas hourly space
velocity (GHSV), feed pressure (Pf), and normalized cooling rate
(G¢/Gep)- Gas hourly space velocity (volumetric feed flow rate
divided by the packed bed volume) is defined as follows:

EVgf

The reference molten salt gravimetric flow rate is calculated
assuming that the heat generation rate (for complete CO, conver-

(28)

sion and no CO formation) is equal to the rate of heat removal by
the molten salt (assuming that ATy =300 K; the operating range
of the molten salt is 415-758 K [42]):

_ Yo, AHseFy¢

Geo = Fif = pVpgGHSV
0 CpAThis tf = PgrVr

(29)

3.1. Catalyst deactivation effect: Reactor fed with pure CO, and H,

Spatial profiles of mole fractions and temperatures in the
packed bed and cooling (molten salt) compartments for TOS=10h
and TOS =10,000 h are shown in Fig. 2; TOS stands for time on
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Table 2

Operating conditions.
H,/CO, T [K] Ter [K] Ge/Geo P; [bar] GHSV [h™] TOS [h]
4/1 650-700 415 0.08-0.77 1-20 1000-25,000 10-10,000

H,/CO, denotes the ratio of feed mole fraction of H, to CO,; Trand T stand for the feed temperature of reactants and coolant. Variable parameters are the normalized molten
salt flow rate (G/G.p), feed pressure (P¢), space velocity (GHSV), and time-on-stream (TOS).

stream. At TOS = 10 h, Fig.2a, the simulation predicts that reactions
mainly take place in the vicinity of the reactor entrance as it is evi-
dent from sharp consumption of H, and CO, accompanied by a
spike in the temperature profile.

The hot spot is formed at the reactor entrance and the differ-
ence between the temperatures in the packed bed and molten salt
compartments is significant, indicating that the rate of heat gener-
ation is significantly higher than the rate of inter-compartment
heat transfer. For z/L > 0.4, nearly same temperatures are obtained
in the packed bed and molten salt compartments. A small differ-
ence in the outlet temperatures (slightly lower for the packed
bed) is because of heat losses to the environment, Eq. (8). The out-
let stream contains mainly H,O and CH,4, alongside with a rela-
tively small fractions of H, and CO,, upper panel in Fig. 2a. A
small amount of CO, which is formed at the hot spot, is consumed
downstream the reactor via either water gas shift or CO methana-
tion, Eqgs. (1), (2).

After TOS = 10,000 h, very different spatial profiles are formed,
Fig.2b, which can be attributed to catalyst deactivation. This obser-
vation emphasizes the importance of performing dynamic simula-
tions that account for the temporal decay of catalyst activity, Egs.
(7),(8), as opposed to steady state simulations. By analyzing spatial
profiles at TOS = 10,000 h one can conclude that the catalyst deac-
tivation affects the reactor performance very significantly: no CO
formed and the reactions take place over the entire catalytic bed,
gradually consuming H, and CO,. As a result, even though much
less CO, is converted in the vicinity of the reactor entrance, CHy
production only drops by less than 30%, as it can be deduced from
analyzing outlet CH4 fractions (compare upper panels in
Fig.2a and b). The effect of catalyst deactivation is also evident
from comparing the temperature profiles in the packed bed at
TOS =10 and 10,000 h, Fig. 2. Lower maximum temperature at
TOS =10,000 h can be attributed to the lower catalyst activity
resulting in less heat generation.

Temporal evolution of the reactor performance at elevated
space velocity (GHSV = 25,000 h™!) is analyzed in Fig. 3. The effect
of catalyst deactivation is clearly observable in Fig. 2a: CO, conver-
sion and CH, yield decline significantly over time (shown in log
scale). Note that Xco, and Ycu, shown in this plot are calculated
at the reactor outlet (z/L=1). Similar to the case of

GHSV = 1000 h~! (Fig. 2), CO content in the outlet stream is negli-
gible, as it can be seen from the nearly complete selectivity to CHy,
Fig. 3a. The absence of significant amounts of CO can be attributed
to the relatively low reactor temperature, Fig. 2b, which is achieved
due to the active heat removal via the multiple molten salt tubes,
Fig. 1. There is still a hot spot formation, but its temperature
decreases over the course of time, Fig. 2b.

The decrease of temperature is due to catalyst deactivation that
results in significantly lower reaction rates, Fig. 3c. The reaction
mainly takes place at the location of the hot spot, which is
expected due to the mutual dependence of reaction and heat gen-
eration rates: lower reaction rates results in less heat generation
and otherwise. The catalyst remains fully active at the reactor
entrance due to the high concentration of H, in the reactor feed,
Egs. (18),(19). However, as the reaction takes place, Fig. 3¢, the cat-
alyst activity drops sharply forming a steep front, Fig. 3d. Down-
stream the reactor, there is certain recovery in the catalyst
activity due to the lower temperature; recall the exponential
dependence of the deactivation rate on temperature Eqs. (18),
(19). The initial sharp decay in activity in almost the entire reactor,
Fig. 3d, is associated with the highly nonlinear (exponential)
dependence of the catalyst activity on time, Eq. (18). To interpret
the mathematical formulation, less active sites remain available
for the reaction as a result of the catalyst deactivation, slowing
down the reaction rate. The decline in the reaction rate slows down
the rate of deactivation resulting in stabilization, Fig. 3d.

In summary, the effect of catalyst deactivation is clearly observ-
able in our model. Note that since we assumed catalyst coking as
the only mechanism for catalyst deactivation, Eqs. (17)-(19), the
catalyst activity profile in Fig. 3d reversely coincide with the nor-
malized carbon deposition profile (carbon deposited normalized
by the maximum possible deposited carbon amount). If the cata-
lyst is fully active, there will be no carbon deposited, if the activity
is very low, the catalyst surface will be almost completely covered
by carbon. The deactivation time scale is relatively long for the
operating parameters used in the simulations (Table 2) and for
the adopted deactivation rate expression, Eq. (19). Importantly,
though the catalyst is almost fully deactivated in the vicinity of
the hot spot, Fig. 3d, there is a small region at the reactor entrance
where the activity remains almost complete due to the high
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concentration of H, in the reactor feed. As a result, the reaction still
takes place, though at a significantly lower rate, Fig. 3c. For long
operation times, the activity and reaction profiles are stabilizing
and the reactor still operates at ~55% CH,4 yield after 10,000 h
TOS. Still, the reactor performance drops by ~30% due to the cata-
lyst deactivation, Fig. 3a.

3.2. Reactor fed with biogas

In this section, reactor fed with biogas (60% CH,4, 40% CO,) is
investigated, assuming that catalyst-poisoning impurities and
water were removed from the feed stream. See Table 2 and related
description for details on parameters used in the simulations. All
results presented in Section 3.2 were obtained with the simulated
biogas feed; the CH, yield is calculated using Eq. (27a). Typical pro-
files are shown in Fig. 4, for short-term operation (TOS = 10 h) and
for the extended time on stream (TOS = 10,000 h). The obtained
spatial distributions are quite different from those obtained with
the pure CO, feed, Fig. 2. One of the most noticeable distinctions
is the significantly lower temperature of the hot spot (lower panels
in Fig. 4).

In principle, lower temperatures could result from the
endothermic steam reforming reactions, right-to-left in Egs. (1),
(3), i.e. CH4 reacting with H,0 produced in the methanation reac-
tion. However, from the analysis of the spatial profiles (upper pan-
els in Fig. 4) it can be concluded that the lower temperature is
rather the result of lower CO, concentration (dilution) imposed
by the use of the biogas feed and 1/4 CO,/H, stoichiometry. These
constrains result in the CO, feed concentration of 2/13, as opposed
to 1/5 for the case of pure CO, feed.

For TOS = 10 h, the simulation predicts that the outlet stream is
composed of mainly CH, and water, also containing less than 10%
of H, and a small fraction of unreacted CO,. After 10,000 h on
stream, CO, conversion drops significantly, as it is evident from
higher CO, and H, fractions in the outlet stream, Fig.4b. Similar
to Fig. 2, this change is attributed to the catalyst deactivation, as
it can be also seen from the disappearance of the hot spot near
the reactor entrance, lower panel in Fig.4b. While for the short
operation time most of H, and CO, are consumed in the first third
of the reactor (upper panel in Fig.4a), reactant consumption is
more distributed after 10,000 h on stream, (upper panel in Fig.4b).

Spatiotemporal profiles of the reaction compartment tempera-
ture and catalyst activity for higher space velocity (GHSV =
5000 h~') are shown in Fig. 5. The temperature distribution is qual-
itatively similar to that obtained with the pure CO, feed, Fig. 3b,
though significantly lower temperatures are obtained. The activity
profile, on the other hand, is qualitatively different; compare
Fig. 5b with Fig. 3d. First of all, for the case of the biogas feed there
is a decline of the catalyst activity at the reactor entrance, which
can be attributed to the presence of a significant fraction of CHy
in the feed. The sharp front at the reactor entrance is still formed.
Second, while the activity declines at the inlet, it steadily increases
in the entire catalytic bed over the course of time.

This can be explained by the mutual feedbacks between the
reaction rate, the rate of heat generation, and catalyst deactivation
rate. As the catalyst is being deactivated, the reaction rate
decreases, resulting in lower temperatures. Lower temperatures
result in a slower reaction rate, less CH,4 production and, therefore,
slower deactivation. This interplay eventually slows down the pro-
cess of catalyst deactivation, leading to the recovery and stabiliza-
tion of the catalyst activity profile. These finding emphasize the
importance of the use of dynamic models for the design of reactors
that involve catalytic systems susceptible to deactivation.

For practical application, it will be important to identify the
composition of the outlet stream over the course of the reactor
operation. Water can be easily condensed downstream the metha-

nation reactor and the product stream is expected to contain CO,,
CHy, CO and H,. Representative profiles (on dry basis) are shown in
Fig. 6 (same operating conditions as in Fig. 5). In the beginning of
the reactor operation the simulation predicts the product stream
composed of ~65% CHg4, ~30% H,, ~5% CO,, and negligible fraction
of CO. Depending on downstream application, H, might need to be
removed from the outlet stream, but the CO, concentration is low.
Because of the catalyst deactivation the outlet composition gradu-
ally changes, resulting in ~45% CH,4 and Hj, and slightly above 10%
of CO,. The CH, yield, Eq. (27a) is above 80% in the beginning, but
declines to below 60% after 10,000 h on stream, Fig. 6b. To sum up,
the model predicts that reasonably high CO, conversions and CHy4
yields are obtainable in the molten salt-cooled packed bed reactor
fed with raw biogas (after Sulphur removal).

3.2.1. Effect of space velocity

It is highly desirable to operate at high space velocities in order
to maximize the reactor throughput. However, high space veloci-
ties typically result in lower conversions (because of low residence
times) and, in some case, can result in reactor overcooling, causing
extinction. Higher rates of CH4 production will also accelerate cat-
alyst deactivation. Therefore, it is of crucial importance to deter-
mine reactor performance over the wide range of space
velocities. In Fig. 7, the reactor performance is evaluated as a func-
tion of space velocity for different operation times.

At low space velocities (GHSV < 5000 h~1), CH, yields up to 95%
are predicted in the beginning of operation, declining to 60-80%
yield after 10,000 h on stream, Fig. 7a. In fact, operating at
GHSV = 1000 h™! (residence time less than 5 s) allows obtaining
CH, yield in the 80-95% range over the 10,000 h operation period.
As the reactor throughput is increased beyond GHSV = 5000 h™?,
the reactor performance continues to decline, still allowing work-
ing in the 50-80% CH, yield range. Above GHSV = 20,000 h~!, CH,
production rate drops sharply.

The effect of the catalyst deactivation is apparent from the
observation of temporal evolution, Fig. 7b. At low space velocity
(1000 h~1), when CH,4 production rate is relatively low, catalyst
deactivation is slow, losing only ~15% of CH,4 yield over the course
of 10,000 h. For GHSV = 10,000 h~!, the CH, yield is lower from the
beginning which can be attributed to kinetic limitations (shorter
residence times, less than 1 s). The slope of the decay is similar
to that obtained with GHSV =1000 h~'. For GHSV =20,000 h~',
the starting CH,4 yield is still above 60%, but the decay slope is
much sharper. For GHSV = 25,000 h™!, the decay is slow, but it is
attributed to very low CO, conversion; under these conditions
the reactor is clearly limited kinetically or/and overcooled. Since
in all simulations the feed temperature was 650K or higher, the
overcooling should be attributed with the heat removal by the
molten salt (discussed in more detail in Section 3.2.3).

3.2.2. Effect of pressure

Using raw biogas as a feed could be an attractive alternative to
the use of pure CO, as a feedstock, since it does not require costly
CO, separation; gas clean-up to remove H,S will be still required.
However, raw biogas contains a high fraction of CH4 (~60%) which
can cause catalyst deactivation immediately at the reactor
entrance due to the high partial pressure of CH4 accompanied by
the high feed temperature, Eq. (19). High operating pressures will
result in high CH4 partial pressures over the entire catalytic bed
affecting the catalyst deactivation rate. On the other hand, in many
cases it is beneficial to run a process at elevated pressures to max-
imize the process throughput. The effect of the operating pressure
on the reactor performance is investigated in this section.

Fig. 8 demonstrates the effect of feed pressure on the CH, yield
at GHSV = 10,000 h™}, Fig. 8a, showing also corresponding catalyst
activity profiles obtained at TOS = 10,000 h, Fig.8b. It can be seen
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that increasing the feed pressure initially results in a relatively
small decrease in the CH, yield, Fig. 8a. This is apparently in con-
tradiction with the Sabatier reaction equilibrium that predicts
higher CO, conversions for increasing pressures since there is a
decrease in number of moles, Eq. (3); pressure drop, Eq. (12),
was negligible.

However, high pressures are expected to accelerate catalyst
deactivation. Indeed, it can be seen from Fig. 8a that not only the
initial CH, yield but also the rate of its decline are higher for higher
pressures, indicating that catalyst deactivation plays role in poor
reactor performance at high pressures. Examining the catalyst
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activity profiles at TOS = 10,000 h, Fig. 8b, shows an interesting
trend; the activity actually increases with pressure, except for
the small region in the vicinity of the reactor inlet.

These results can be interpreted by examining the spatiotempo-
ral profiles of the catalytic bed temperature and catalyst activity,
Fig. 9 (for P¢=10 bar). Strong catalyst deactivation at the reactor
entrance is evident, as it is expected for the reactor fed with biogas.
Since the rate of this deactivation is pressure dependent, Eq. (19),
the decay of the catalyst activity and, therefore, of the CH, yield
is expected to be faster for higher pressures, as it is observed in
Fig. 8a. The catalyst deactivation also results in the temperature
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decrease, Fig. 9b. Eventually, the temperature near the reactor
entrance is almost equal to the feed temperature, meaning that
no ignition occurs. The bed temperature gradually decreases
downstream the reactor due to the heat removal by the molten salt
cooling tubes, eventually resulting in temperatures below 700 K.
These temperatures are too low to obtain high conversion. The rea-
son for the high catalyst activity in the second half of the reactor,
Fig. 9a, is that the temperature is relatively low there resulting in
a low rate of the CH, cracking and coking, Eq. (19). To sum up,

175

increasing operating pressure is not necessary a good strategy for
the reactor fed with biogas, because of high CH4 content in the feed
and accelerated rate of catalyst deactivation induced by high par-
tial pressures of CHy.

3.2.3. Effect of cooling rate

Efficient heat removal is of vital importance for the operation of
the highly exothermic Sabatier reactor, but it can also affect the
catalyst activity indirectly. Heat removal decreases the reactor
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Fig. 10. Reactor performance versus heat removal rate: CH, yield, Eq. (27a), as a function of the normalized molten salt flow rate, Eq. (29), for TOS = 100, 1000, and 10,000 h
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temperature favoring CH4 production according to the thermody-
namic equilibrium, since the Sabatier reaction is highly exother-
mic, Eq. (3). However, increased CH4 production can potentially
lead to faster catalyst deactivation due to CH4 cracking and coking
of the catalyst surface. In all simulations results shown until this
point, the cooling rate was set to an intermediate value of G. = 0.4-
Gco; G is defined by Eq. (29). In this section, the effect of the cool-
ing rate on the reactor performance is investigated.

In Fig. 10, the reactor performance is evaluated in terms of CH,
yield, Eq. (27a), as a function of the normalized cooling rate, G./G,
Eq. (29). It can be seen that increasing the cooling rate promotes
CH4 production due to the more efficient heat removal, Fig. 10a.
The improvement is very significant, ranging from 60 to 90% over
the course of the 1000 h operation period. However, for extended
operation (TOS = 10,000 h) the increase of the cooling rate above
Gc/Gcp = 0.54 actually reduces the CH4 production, resulting in a
distinct optimum, Fig. 10a. This finding can be attributed to the
effect of catalyst deactivation that is accelerated at higher CH4 pro-
duction rates. It is also evident from the examination of the tempo-
ral evolution, Fig. 10b. For G¢/Gco = 0.88, the decay rate is initially
similar to those obtained with slower cooling, but after approxi-
mately 5000 h TOS, the slope changes and the deactivation
becomes rapid. This finding indicates again the importance of the
use of dynamic modeling for catalytic systems subject to
deactivation.

3.2.4. Optimization of heat removal and reactor throughput

The existence of the catalyst deactivation makes the problem of
the reactor performance optimization rather complicated, since
optimal conditions could change during the course of reactor oper-
ation. The two important parameters, which and relatively easily
adjustable in a practical situation, are the space velocity (reactor
throughput) and the molten salt flow rate (cooling rate). In this
section, the reactor performance in terms of CH, yield is optimized
using a dynamic scan over the 2D operational window of the cool-
ing rate vs. space velocity, Fig. 11.

The analysis of the obtained maps shows that obtaining 80-90%
CH,4 yields over extended periods of continuous operation should
be possible. For that, the reactor should be operated below
GHSV = 5000 h~' and above G¢/Gcp = 0.5. For short-term operation,
it is possible to operate at elevated space velocities, with cooling
rates ranging from G./Gco=0.3-0.6. The short-term operation
strategy is in principle possible if there is a possibility of periodic
regeneration of the catalytic bed. For intermediate space velocities
ranging from GHSV = 10,000-20,000 h~!, there are distinct max-
ima in the CHy yield versus cooling rate.

Generally speaking, analysis of such maps can determine the
operation window where the maximal CH, yield can be obtained
over a certain period of operation. Depending on demand, various
strategies can be implemented. For example, a certain domain
where initially the CH, yield is very high but decays significantly
at 10,000 h can be selected for short-term operation. For extended
operation times, it is beneficial to select a domain where the CHy
yield is maintained relatively high over the entire period of opera-
tion. The selection can be quantitatively constrained by maximiz-
ing the overall CH4 production, integrated over the entire period
of time. Further investigation is currently underway in order to
develop a thorough optimization algorithm.

4. Concluding remarks

A mathematical model of the Sabatier reactor for conversion of
CO, into synthetic CH4 was defined and analyzed by numerical
simulations. The reactor was a heat-exchanger type packed bed
cooled by multiple tubes with flowing molten salt. The model con-

sidered inter-compartment heat exchange and catalyst deactiva-
tion by coking, assuming the use of the Ni/Al,O5 catalyst. The
reactor performance was investigated for the case of the feed con-
taining CO, and H,, and for the case of the reactor fed with biogas
(40% CO, and 60% CH4) and Hj, in terms of CO, conversion and CHy
yield. The effects of space velocity, operating pressure, and molten
salt flow rate on the reactor performance were investigated in
detail for the case of the reactor fed with biogas. The CH, yield
was mapped in the dynamic two-dimensional domain of the two
crucial operating parameters: space velocity and cooling rate.

The model predicts that the reactor can be operated with CHy
yields ranging from 80 to 90% at intermediate space velocities
ranging from 1000 to 10,000 h~! for extended periods of operation,
up to 10,000 h time on stream. Further increase in reactor through-
put results in a sharp decline of the reactor performance mainly
due to the kinetic limitations and overcooling. High pressures,
which are favorable for CH4 production according to the equilib-
rium and beneficial for practical applications, actually causes faster
catalyst deactivation due to the higher partial pressure of CH,,
resulting in a poor reactor performance.

The molten salt flow rate, i.e. cooling rate, is a crucial parameter
affecting the reactor performance. The model predicts that the CHy
yield can be improved by 60-90% over short operating periods. For
extended, >1000 h time on stream operation, the effect of heat
removal is more complicated and distinct maxima in CH4 produc-
tion are observed. Scanning the reactor performance over extended
ranges of space velocities (reactor throughput) and molten salt
flow rates (heat removal rate) shows a non-trivial, dynamically
evolving map. An algorithm for the reaction performance evalua-
tion is currently under development.
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